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I.

Letter of Transmittal

TO:

Mr. Abbasi (COO), Kirkuk, Iraq

FROM:

EPC Contracting Firm

RE:

Naphtha Toppings Refinery Retrofit

DATE:

April 25, 2021

ATTACHMENTS:

“Naphtha Toppings Refinery Retrofit in Kirkuk, Iraq”

In response to your inquiry to retrofit the toppings refinery in Kurdistan, the attached
report details the design, operation, and safety precautions necessary to meet the required
standards. By implementing the outlined process, your plant will meet the safety standards as well
as the financial need. Based on the results, processing 35,000 barrels of naphtha daily will result
in an estimated capital investment will be $20,222,827.23 and the estimated profit from the first
year will be $25,788,976.62. Benzene, toluene, and xylene will be sold at purities of 99% and
meet the Western Hemisphere standards for production.
If there are any questions about this report, feel free to contact us at 555-555-5555 or at
epccontractingfirm@epc.com
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Executive Summary
TITLE: Naphtha Toppings Refinery Retrofit in Kirkuk, Iraq
OVERVIEW:
For the retrofit of the toppings refinery in Kurdistan, the attached report details the design, operation,
and safety precautions necessary to meet the required standards. A reforming, extraction, and distillation section
will be necessary to produce the desired products of LPG, gasoline, benzene, toluene, and xylene.
DESIGN DETAILS:
It was determined that the most efficient method would be to feed naphtha through three fixed-bed
reactors. Then the reformate would be run through a liquid-liquid extractor and a series of strippers. The
purified product would be collected and the remaining benzene, toluene, and xylene mixture would be sent to
the distillation section for further purification. For more information on the individual sections, see Appendix I.
FINANCES:
The direct and indirect costs for initial start-up is $20,036,347.23. By using the process proposed in this
report, the plant will be profitable within one year from initial start-up and should have a return on capital
investment of $25,983,512.56 considering a tax rate of 35% and an interest rate of 2.2%. After 15 years, the
plant should profit $573,452,509.85 considering straight line depreciation over 15 years. For more information
regarding the budget of this refinery, see Table 16 in the economic analysis section of the report.
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Process Description
The primary objective of this project is to propose a retrofit plant design to convert crude oil,
specifically its naphtha fraction, into profitable gasoline, benzene, toluene, and xylenes. In order to transform
naphtha, catalytic reformers crack the hydrocarbons into paraffins, naphthalenes, and benzenes. Liquid-liquid
extraction using sulfolane separates the aromatic mixture from high octane fuel. The high octane fuel is then
sold and the remaining mixture is sent to the distillation process for further purification. Using an extractive
distillation process with N-Formylmorpholine (NFM), the aromatic and non-aromatics are split. Non-aromatics
are considered waste, while the aromatics are sent to distillation columns for the separation of benzene, toluene,
and xylenes which will be independently sold. For more details, see Appendix I.

Figure 1: Block flow diagram for the process of crude oil to benzene, toluene, and xylene
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Process Flow Diagrams

Figure 2: Process flow diagram
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Stream Analysis
Table 1: Stream Analysis for Process Flow Diagram
Stream Number
Component
Stream 1
Flow
Component
Stream 2
Flow
Component
Stream 3
Flow
Component
Stream 4
Flow
Component
Stream 5
Flow
Component
Stream 6
Flow
Component
Stream 7
Flow
Component
Stream 8
Flow
Component
Stream 9
Flow
Component
Stream 10
Flow
Component
Stream 11
Flow
Component
Stream 12
Flow
Component
Stream 13
Flow
Component
Stream 14
Flow
Component
Stream 15
Flow
Component
Stream 16
Flow
Component
Stream 17
Flow
Component
Stream 18
Flow
Component
Stream 19
Flow
Component
Stream 20
Flow
Component
Stream 21
Flow
Component
Stream 22
Flow
Component
Stream 23
Flow
Component
Stream 24
Flow
Component
Stream 25
Flow
Component
Stream 26
Flow
Component
Stream 27
Flow

Comp. 1
Naphtha
76,560 lb/h
Natural Gas
6,175.4 lb/h
Hydrogen
3,927 lb/h
LPG Gas
436.4 lb/h
BTX
13.26 ton/h
BTX
9.53 ton/h
Benzene
2.19 ton/h
BTX
8.46 ton/h
Benzene
4,376.49 lb/h
Benzene
4,376.49 lb/h
Benzene
4,376.49 lb/h
Benzene
4345.5 lb/h
Benzene
31 lb/h
Benzene
31 lb/h
Benzene
0 lb/h
-

Comp. 2
Alkanes
22.77 ton/h
Alkanes
22.77 ton/h
Toluene
1.08 ton/h
Alkanes
22.77 ton/h
Toluene
2,162.58 lb/h
Toluene
2,162.58 lb/h
Toluene
2,162.58 lb/h
Toluene
21.72 lb/h
Toluene
2140.87 lb/h
Toluene
2132.87 lb/h
Toluene
8 lb/h
-

Comp. 3
Sulfolane
18.2 ton/h
Sulfolane
9.64 ton/h
Xylene
0.394 ton/h
Sulfolane
9.64 ton/h
Sulfolane
9.64 ton/h
Sulfolane
.56 ton/h
Sulfolane
8.56 ton/h
Xylene
791.73 lb/h
Xylene
791.73 lb/h
Xylene
791.73 lb/h
Xylene
0 lb/h
Xylene
791.73 lb/h
Xylene
0 lb/h
Xylene
791.73 lb/h
Sulfolane
8 ton/h
Sulfolane
0.56 ton/h

Comp. 4
Sulfolane
8.63 ton/h
NFM
2604.0 lb/h
High Octane
0 lb/h
NFM
2604.0 lb/h
Steam 150psi
13,046.7 lb/h
-

Comp. 5
Water
13.21 ton/h
Water
14.51 ton/h
Cool Water
8.37 GJ/h
Water
205.69 ton/h
Water
205.69 ton/h
Steam 450psi
827.96 lb/h
Water
205.69 ton/h
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Economic Analysis and Sensitivity
Equipment Lists
Table 2: Reforming Section Equipment List
Major Equipment
Equipment

Quant
ity
1

Naphtha Pump

(P-001)

Fired Heater

(FH-001) (FH-003)
(FBR-001) (FBR-003)
(GS-001)

3

(PSA-001) (PSA-003)
(C-001)

Fixed Bed Reactor
Gas/Liquid
Separator
Pressure Swing
Adsorber
Compressor

Critical Specification
Cast Iron, Centrifugal

Estimated
Costs
$25,500
$225,000

1

Low Alloy Carbon Steel, Direct
Fired
Carbon Steel, Catalytic
Reforming (Vertical)
Carbon Steel, Vertical

3

Carbon Steel, Zeolite Adsorbent

$109,550

1

Carbon Steel, Reciprocating

$28,330

3

$472,000
$37,300

Notes
Feed pump
Heat feed between
fixed beds
Reaction vessel
Light/Heavy
Separation
Separate gas from
reformate
Hydrogen refeed

Table 3: Extraction Section Equipment List
Major Equipment
(LLE-001)

1

Carbon Steel

Estimated
Costs
$82,500

(SS-001)(SS-003)
(P-003)
(P-002)
(P-004)
(P-005)

3

Carbon Steel

$143,700

1
1
1
1

Cast Iron, Centrifugal
Cast Iron, Centrifugal
Cast Iron, Centrifugal
Cast Iron, Centrifugal

$25,500
$25,500
$25,500
$25,500

(P-006)
(P-007)
(Re-001),
(Re-005)
(HE-001)(HE-006)

1
1
2

Cast Iron, Centrifugal
Cast Iron, Centrifugal
Carbon Steel, Kettle
Vaporizer
Carbon Steel, Shell and Tube

$25,500
$25,500
$160,400

Equipment
Liquid-Liquid
Extractor
Steam Stripper
Reformate Pump
Sulfolane Pump
BXTS Pump
Non-aromatics
Pump
Water Pump
Dirty Water Pump
Reboiler
Heat Exchanger

Quantity

6

Critical Specification

Notes

$361,800
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Table 4: Distillation Section Equipment List
Major Equipment
(SS-004)
(DC-001)

1
1

Carbon Steel
Carbon Steel

Estimated
Costs
$47,900
$310,500

(S-001)
(DC-002)

1
1

Carbon Steel
Carbon Steel

$47,900
$232,500

(DC-003)

1

Carbon Steel

$232,500

(P-09)(P-015)
(P-020)
(C-001)(C-003)
(RE-002)(RE-004)
(P-08)

3

Cast Iron, Centrifugal

$75,000

3

Carbon Steel, Shell and
Tube
Carbon Steel, Kettle
Vaporizer
Cast Iron, Centrifugal

$180,900

Equipment
Steam Stripper
NFM Distillation
Column
Solvent Stripper
Benzene Distillation
Column
Xylene & Toluene
Distillation Column
Reflux Pump
Condenser
Reboiler

Quantity

3

Critical Specification

Notes

$240,600

BTX &
1
$25,500
Non-Aromatic
Pump
BTX & NFM Pump (P-012)
1
Cast Iron, Centrifugal
$25,500
Recycle NFM Pump (P-013)
1
Cast Iron, Centrifugal
$25,500
BTX Pump
(P-014)
1
Cast Iron, Centrifugal
$25,500
TX Pump
(P-016)
1
Cast Iron, Centrifugal
$25,500
Xylene Pump
(P-018)
1
Cast Iron, Centrifugal
$25,500
* Prices were estimated using Aspen HYSYS and available pricing from company sources
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Reactor Economic Analysis
Table 5: Reforming Cost Analysis
Description

Rate

Estimated Cost

N/A

$860,330

12.121 MMBTU/h

$114.30 /h

Electricity

58.48 kWh/h

$14.62 /h

Naphtha

48874.2 L/h

$15,885.12 /h

All Major Equipment*
Utilities
Natural Gas**

Raw Materials

* Assuming all equipment must be purchased
** Natural gas sold in terms of energy not amount

Table 6: Reforming Product Analysis
Description
LPG*

Rate

Estimated Revenue

104.8 gal/h

$104.8 /h

* It was found that LPG sells for $1/gal

Table 7: Reforming Economic Summary
Total 1 Year Revenue

$905,472

Total 1 Year Operating Cost

$138,361,305.60

Total 1 Year Profit (Before Tax)

-$137,455,833.60

Total 1 Year Profit (After Tax)

-$137,455,833.60

Total Capital Cost

$860,330

Assuming all equipment fully depreciates in 15 years by straight line depreciation
Assuming the plant operates 24 hours per day, 360 days per year
Using the 35% Iraqi Tax Rate
Not including employee wages
Profits not factoring in capital costs
There is no tax on losses
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Extraction Economic Analysis
Table 8: Extraction Cost Analysis
Description

Rate

Estimated Cost

All Major Equipment *

N/A

$901,400.00

Steam (150 psig)

3425.62 kg/h

$56.25 /h

Cooling Water **

2.74 GJ/h

$1.37 /h

Electricity

80.85 kWh/h

$20.21 /h

Sulfolane (Constant Feed)

7772.48 kg/h

$2,542.40 /h

Sulfolane (Initial Amount)

16525.6 kg

$82,628.00

49338.49 gal/h

$40.46 /h

Utilities

Raw Materials

Water ***

* Assuming all equipment must be purchased
** Cooling water sold in terms of energy not amount
*** Water in Iraq was found to be $0.82 per 1000 gal based on cost indices of Huntsville, AL and Iraq

Table 9: Extraction Product Analysis
Description
High Octane Fuel (74% Purity)

Rate

Estimated Revenue

28322.14 L/h

$27,755.69 /h

Table 10: Extraction Economic Summary
Total 1 Year Revenue

$239,809,198.30

Total 1 Year Operating Cost

$26,194,624.53

Total 1 Year Profit (Before Tax)

$213,614,573.80

Total 1 Year Profit (After Tax)

$138,849,473.00

Total Capital Cost

$984,028.00

Assuming all equipment fully depreciates in 15 years by straight line depreciation
Assuming the plant operates 24 hours per day, 360 days per year
Using the 35% Iraqi Tax Rate
Not including employee wages
Profits not factoring in capital costs

12

Distillation Economic Analysis
Table 11: Distillation Cost Analysis
Description

Rate

Estimated Cost

All Major Equipment *

N/A

$1,520,800.00

Steam (150 psig)

5,501.28 lb/h

$35.13 /h

Steam (450 psig)

827.96 lb/h

$7.27 /h

5.63 GJ/h

$2.82 /h

94.32 kWh/h

$23.58 /h

5,000 lb

$15,875.00

Utilities

Cooling Water
Electricity
Raw Materials
NFM
* Assuming all equipment must be purchased

Table 12: Distillation Product Analysis
Description

Rate

Estimated Revenue

Benzene (99% Purity)

4345.5 lb/h

$1,817.17 /h

Toluene (99% Purity)

2132.9 lb/h

$713.01 /h

Xylene (99% Purity)

791.7 lb/h

$264.67 /h

Table 13: Distillation Economic Summary
Total 1 Year Revenue

$24,147,529.00

Total 1 Year Operating Cost

$594,432.00

Total 1 Year Profit (Before Tax)

$22,016,421.36

Total 1 Year Profit (After Tax)

$13,564,786.18

Total Capital Cost

$2,131,107.72

Assuming all equipment fully depreciates in 15 years by straight line depreciation
Assuming the plant operates 24 hours per day, 360 days per year
Using the 35% Iraqi Tax Rate
Not including employee wages
Profits not factoring in capital costs
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Economic Analysis
Table 14: Overall Economic Summary
Total 1 Year Revenue

$264,862,199.30

Total 1 Year Operating Cost

$191,108,180.13

Total 1 Year Profit (Before Tax)

$73,754,019.17

Total 1 Year Profit (After Tax)

$47,940,112.46

Total Capital Cost

$4,012,465.72

Table 15: Return On Investment
Time
(years)

Market Appreciation
(S&P 500)

Return on capital
Investment

0

$20,222,827.23

($20,222,827.23)

1

$21,526,293.60

$25,788,976.62

2

$22,913,775.16

$70,788,520.79

3

$24,390,687.12

$114,798,074.98

4

$25,962,793.74

$157,839,418.98

5

$27,636,230.80

$199,933,853.42

6

$29,417,529.59

$241,102,210.29

7

$31,313,642.34

$281,364,863.32

8

$33,331,969.42

$320,741,737.97

9

$35,480,388.17

$359,252,321.39

10

$37,767,283.69

$396,915,671.97

11

$40,201,581.51

$433,750,428.84

12

$42,792,782.49

$469,774,821.05

13

$45,550,999.84

$505,006,676.64

14

$48,486,998.65

$539,463,431.41

15

$51,612,237.84

$573,162,137.57
14

Table 16: Cost Breakdown
Direct Costs
Equipment

19.84%

$4,012,465.72

Equipment installation

9.33%

$1,885,858.89

Instrumentation and controls

7.14%

$1,444,487.66

Piping

13.49%

$2,728,476.69

Electrical systems

2.18%

$441,371.23

Buildings

3.57%

$722,243.83

Yard Improvements

1.98%

$401,246.57

Service Facilities

13.89%

$2,808,726.00

Indirect Costs
Engineering & supervision

6.55%

$1,324,113.69

Construction expenses

8.13%

$1,645,110.95

Legal Expenses

0.79%

$160,498.63

Contractor's fee

4.37%

$882,742.46

Total Costs
Total

100%

$20,222,827.23
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Figure 3: Rate of Return on Investment

Major equipment capital costs were determined for each individual section and summed to a value
$4,012,465.72. The overall operating costs, profit before tax, and after tax are tabulated in table 14.
From this the total capital investment, cost of the crude oil refinery was estimated through a capital
investment breakdown of a fluid processing plant (Analysis of Cost Estimation). The equipment costs were the
major capital equipment summed previously . The total capital investment was determined to be
$20,222,827.23.
For the remainder of the analysis, the profitability of the crude oil refinery was compared to market
appreciation of the initial capital investment within an average rate of return within the S&P 500 (13.60%).
Both the profit generated within the crude oil refinery and the market were taxed at a rate of 35% and accounted
for an inflation rate of 2.20%. The initial capital investment was depreciated over 15 years with straight line
16

depreciation and accounted for within the profitability of the crude oil refinery. The results of this comparison
or tabulated in table 15 and figure 3.
The profitability of the crude oil refinery well exceeds the market at the end of 15 years for the market
being $51,612,237.84 and the crude oil refinery $573,162,137.57. The rate of return of the refinery was 42.75%.
Despite the rate of return of the crude oil refinery surpassing returns found within the market, full consideration
of the inherent risk of the crude oil refinery would need to be done in order to justify the capital investment with
a higher rate of return.

Process Controllability/Minor Equipment
Overall, this process will require several control devices, valves, and temperature sensors. Due to this,
the proposed retrofit will not consider controllability as it depends on the overall set-up of the already existing
plant. A general budget will be proposed to cover any additional control devices that will be needed during the
retrofit process, shown by table 16. If this process should be taken to a pilot plant scale, analysis of these control
devices, valves, and temperature sensors will need to be independently considered and added into the overall
cost analysis.
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Process Safety
Overview
The safety review section of this report will outline general inherent safety hazards associated with this
process and the implemented design safety put in place to mitigate the risks associated with these hazards. The
initial draft of the process and instrumentation diagrams (P&ID) for each of the three sections are shown below.
A systematic design review of all components found within these diagrams has been determined to be beyond
the scope of this report. The resulting process will generate emissions that must be treated prior to release,
design of emission treatment is outside the scope of this report. Review of associated process hazards will be
limited to the following: general chemical safety, general reaction safety, general extraction safety, general
distillation safety, and deflagration prevention with flare systems. Considering the conditions that this plant will
operate at, special attention should be given to training of the operators and controllers to avoid unnecessary
risk to the employees and environment.

General Chemical Safety
To the right are flash points and autoignition temperatures
for the major chemical components within the process.
Uncontrolled releases and ignitions of chemical components
during the unit operations performed within this process pose
the greatest risk to safety. Intentional design decisions in order
to mitigate these concerns must be implimented in order to
reduce the risk of the process. These design choices are
discussed at more length within the distillation subsection of
the safety report.
A secondary concern associated with these chemicals is
with operator exposure. The most predominant exposure
threat is respiratory; inhalation limits for these chemicals vary
most of which average around 500ppm. Exposure threats for
the benzene, xylene, and toluene components increase
significantly where acceptable exposures fall at or below 100ppm. Benzene specifically being the most
hazardous where acceptable exposure is around 1ppm. Separation specific chemicals like sulfolane have acute
oral toxicity, while NFM is non hazardous. Efforts to limit toxic releases and detect potential exposures need to
be implemented in order to protect exposures. All material properties and exposure limits are sourced from
Pubchem.
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Reaction

Figure 4: P&ID Reaction Section
The processing temperatures needed to thermally crack the naphtha feed occur, on average, at around
500 °C and 300 psig in the catalytic fixed bed reformers, depending on the catalyst used. These high
temperatures and pressures can make piping and connections prone to leaks. Leaks of this nature, with process
fluids at or near their autoignition temperatures, could mean they escape in the form of tiny balls of fire.
Naphtha consists of a highly flammable mixture of linear hydrocarbons, cycloalkanes, and cycloalkenes. The
table on the previous page details the autoignition and flash point of this mixture. The fired heaters are each
flowing through relatively high rates of natural gas and combustion air, producing a range of flue gas
temperatures from 578 °C to 800 °C. A series of controls, relief devices, and burner trains to gauge this exhaust,
as well as the internal combustion chambers of the heaters, are needed to safely monitor the heating process.
The feed is coming in a 1.2 bara, but will ultimately increase in pressure as its temperature is quickly elevated
when moving into and through the heaters, so pressure gauges, reliefs, and safety valves are present on the
19

naphtha line throughout the reformation process. Since the fixed bed reactors are designed as semi-regenerative
units, they will need to be periodically shut down to regenerate the catalyst. This process involves burning coke
off of and reactivating the catalysts, a dangerous, operator-involved method. The furnace tubes may need to be
de-coked as well, so the potential for skin contact and inhalation of residual fumes is a possibility.
Operators should be wary of working environment temperatures and show caution when moving around
the high temperature process equipment to avoid burns and any areas of the floor that may initiate trips or falls.
They should also avoid directly inhaling any process fumes they might encounter. Additionally, they should
periodically check equipment and areas of the process that may be prone to leaks. Lastly, operators should be
aware of all exits and should be properly trained on a detailed escape plan in the event of catastrophic failure.

Extraction

Figure 5: P&ID of the Extraction Section
The chemicals involved in this process are sulfolane, BTX, linear alkanes, and water. Sulfolane is mildly
flammable, but the temperatures involved in the process are not high enough to allow it to ignite. Additionally,
sulfolane is a mild irritant, and thus operators should avoid direct contact with it and immediately wash skin or
eyes if contact occurs; sulfolane is harmful when ingested, thus washing hands before meals is a necessity.
Linear alkanes are highly flammable, and ignition sources should be avoided in locations where these are
present. These can be fatal when inhaled and ingested, thus operator exposure should be limited, and proper
PPE should be used. BTX is not flammable, but extremely dangerous if exposed, thus operators should limit
exposure, wear proper PPE, and if exposure occurs, it should be reported immediately.
The strippers operate at relatively high temperatures, thus controls should be implemented to prevent the
pressure from rising due to the increased temperature and to prevent the temperature from rising above the
specified limit. Lastly, the most dangerous piece of equipment in this section is the liquid-liquid extractor.
20

While the temperature is relatively low, the pressure is 6 bar, thus pressure relief valves or rupture discs should
be installed to prevent the pressure vessel from exploding.

Distillation

Figure 6: P&ID Distillation Section
The distillation segment of the process includes highly flammable gaseous and volatile organic
compounds. Due to this, there is a significant risk of explosion or fire that could harm employees as well as the
plant itself. All operators working in the distillation section should be highly trained on all equipment and
follow all standard operating procedures. Safety Data Sheets (SDS) for each chemical should be easily
accessible to all employees for reference. Since some of the columns are pressurized, all components should be
regularly checked to ensure that the columns are operating properly.
Due to the high volatility, the compounds found in the process can easily diffuse into the environment.
Special attention should be given to the emissions and amount of pollution that the employees are exposed to
inside the plant. Exposure to volatile organic compounds can cause headaches, nausea, and weakness. Benzene
has been classified as a group 1 carcinogen by the International Agency of Research on Cancer (IARC, 2002).
Toluene has been known to cause fetal abnormalities (Donald, 1991). Xylene can act as a skin irritant and cause
dryness and blistering of skin. At high concentrations, both toluene and xylene can weaken the nervous system,
kidneys, and liver (USEPA, 2004). Based on this understanding, safety should be a key factor in all procedures
involving the distillation process.
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Uncongested Vapor Cloud Deflagration and flare systems
The threat of vapor cloud deflagration incident to transition to vapor cloud explosion poses the largest
single threat to process safety. Alleviating the risk deflagration occurrences is paramount to ensuring safety; the
primary method for reducing this risk is through flare systems. Flare systems help prevent overpressures that
lead to deflagration incidents through the controlled release of overpressured gases. Within the P&ID diagrams
outlined above flare systems are placed above on the distillate streams of the distillation columns in order to
accommodate the potential for overpressures. Given a worst case failure of the flare system on the largest
3

distillation column an explosion of 570 𝑓𝑡 of a feed of (0.595) benzene, (0.110) xylene and (0.298) Toluene
would result in a 142.3 short tons of TNT explosion.
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Conclusion
The primary objective of this project was to propose a retrofit plant design to convert crude oil into
profitable gasoline, benzene, toluene, and xylenes. The direct and indirect costs for initial start-up is
$20,036,347.23. By using the process proposed in this report, the plant will be profitable within one year from
initial start-up and should have a return on capital investment of $25,983,512.56 considering a tax rate of 35%
and an interest rate of 2.2%. After 15 years, the plant should profit $573,452,509.85 considering straight line
depreciation over 15 years. Although it is important to have a profitable business, it is also vital to ensure that
all employees are properly trained due to the inherent hazards in the refinery. Some profit should be allocated to
the yearly refresher training of all operators and employees that work within the plant.
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Appendix I
Reactor Train Detail
Due to the complex makeup of the naphtha fraction of crude being fed into the catalytic reformation
process, proxy components were chosen to represent the entering composition in order to simplify the ASPEN
HYSYS model. Paraffins were constituted by n-decane, naphthenes by cyclohexane, and benzenes (BTX) by
benzene. Naphtha is fed to the first heater (FH-001), then sent through the first fixed bed reformer (FBR-001),
where the majority of the paraffins are thermally cracked into smaller linear alkanes, and the naphthenes
undergo a dehydrogenation reaction to release hydrogen gas. The feed mixture travels through two more series
arrangements of heaters and reactors (FH-002 and FBR-002, then FH-003 and FBR-003) to further crack the
constituents of the feed. A bi-metallic catalyst is normally situated in the reformer beds to speed up the
reactions and produce more desirable reformate and hydrogen formations, but due to difficulties in ASPEN
HYSYS and the inability to obtain kinetic information about specific catalysts from multiple companies, the
feed was only able to be modelled to only undergo thermal cracking (Oyekan, 2019). Upon exiting the last
catalytic reformer, the mixture was partially condensed in a condenser fed by cooling water provided from the
waste water of a steam stripper (SS-003) in the extraction section. Subsequently, the naphtha fractions were sent
to a gas-liquid separator (GS-001) to separate the heavier C5+ alkanes, cycloalkanes, and cycloalkenes
(reformate) from the lighter boiling hydrocarbons and hydrogen gas. The heavy fractions are sent to the
extraction process, whereas the gas exiting the separator is sent to a pressure swing adsorber system (PSA-001
through PSA-003), consisting of three units, to further separate light process gases (LPG, C5-) from hydrogen
gas. The PSA simulation proved to be difficult in ASPEN HYSYS, thus approximate values for pressures and
sizing were taken from Pressure Swing Adsorption Process: Performance Optimum and Adsorbent Selection by
Kumar. The PSA process was modelled to remove nine parts of hydrogen gas to one part LPG. LPG can be sold
at $1 per gallon, while hydrogen can either be compressed (C-001) and recirculated back to the naphtha feed or
sent elsewhere to be collected and removed, or sold. There were further difficulties modeling the hydrogen
recycle in ASPEN HYSYS, so the process was simulated without it. Ideally, an increased hydrogen to feed ratio
is necessary for longer catalyst life and stability, but has little influence on product yields or quality
(Khosrozadeh, et al., 2017). The hydrogen recirculation mainly serves to influence the coke formation on the
catalyst. Being that this fixed bed catalytic reforming process is semi-regenerative, the catalyst would need to be
de-coked semi-annually or annually, depending on the nature/type of catalyst. The deposition of coke on the
catalyst is not just a function of hydrogen to feed ratios, but is dependent on major operating conditions like
temperature and pressure as well. A combination of these process conditions ultimately dictates the amount of
time in between shutdowns before catalyst regeneration is necessary.
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Table 17: Reforming Major Equipment Specifications
Fired Heaters
(FH-001) - (FH-003)

Shell Volume: 343.1 ft3
Tube Inner Volume: 16.66 ft3
Tubes Per Pass: 20
Tube Length: 12.47 ft
Zone Height: 14.04 ft

Fixed Bed Reactor
(FBR-001)

Total Volume: 1059 ft3
Length: 20.05 ft
Diameter: 8.202 ft
Void Fraction: 1.00
Void Volume: 1059 ft3

Fixed Bed Reactor
(FBR-002)

Total Volume: 1413 ft3
Length: 18.57 ft
Diameter: 9.843 ft
Void Fraction: 1.00
Void Volume: 40 ft3

Fixed Bed Reactor
(FBR-003)

Total Volume: 1766 ft3
Length: 13.05 ft
Diameter: 13.12 ft
Void Fraction: 1.00
Void Volume: 1766 ft3

Gas/Liquid Separator
(GS-001)

Volume: 63.62 ft3
Height: 9 ft
Diameter: 3 ft
Nozzle Diameter: 0.45 ft
Liquid Volume: 31.81 ft3

Pressure Swing Adsorber
(PSA-001)-(PSA-003)

Height: 13.5 ft
Diameter: 0.93 in
Temperature: 77 F
Pressure: 3.2 atm

Extractor Section Detail
From the reactor train process, a mixture of BTX and linear alkanes are fed to a liquid-liquid extractor,
LLE-001, to separate BTX and the linear alkanes using sulfolane as the solvent. As they pass through the
extractor, the BTX, which is more soluble in sulfolane than linear alkanes, will be removed from the stream.
The linear alkanes are then fed to a steam stripper, SS-001, which uses water as the solvent. As the components
pass in the steam stripper, the residual sulfolane, which is more soluble in water than in linear alkanes, is
removed. The linear alkanes are then collected from a stream at 32.53 tons per hour at 74% purity. The
sulfolane and water stream leaving the steam stripper is then fed to another steam stripper, SS-002, which uses
collected water as a solvent to remove water from the sulfolane. The water is then recycled and fed to SS-001,
the sulfolane is recycled and refed to the LLE-001. For the purposes of this study, the water and sulfolane were
found to be perfectly separated. Additionally, the sulfolane and water stream leaving SS-004 are fed to an
additional steam stripper (SS-003) to recycle sulfolane, perfect separation was also assumed. Finally, the BTX
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and sulfolane stream is then fed to a wash column, SS-004, in the distillation section. The linear alkanes are
products that can be sold at $0.98 per liter. According to “Optimization of the Sulfolane Extraction Plant Based
on Modeling and Simulation” by Choi, Kwon, and Yeo, the extraction process cannot be simulated in ASPEN
or HYSYS due to the high nonlinearity of sulfolane and a sulfolane and water mixture. Therefore, the mass
fractions and flow rates were calculated based on the results of the aforementioned paper. Unknowns not
specified in the paper were calculated by hand using mass and energy balances. When applying the paper to this
process, the values were adjusted by the ratio of the feed from the reactor train ASPEN simulation to the feed in
the paper. This is valid because extraction as a unit operation is based on the ratio of feed to solvent, which was
maintained (Harrison, et. al., 2015). Additionally, the flows about the heat exchangers were calculated using 10
degree celsius approximations.
Table 18: Extrator Major Equipment Specifications
Liquid-Liquid Extractor
(LLE-001)

Stages: 105
Feed Stream: Stage 47
Solvent Stream: Stage 105
Height: 76 ft
Diameter: 5 ft

Steam Stripper (SS-001)

Stages: 44
Feed Stream: Stage 40
Tray Type: Packing
Height: 78 ft
Diameter: 7.8 ft

Steam Stripper (SS-002)

Stages: 4
Feed Stream: Stage 1
Tray Type: Packing
Height: 76 ft
Diameter: 6.34 ft

Steam Stripper (SS-003)

Stages: 4
Feed Stream: Stage 1
Tray Type: Packing
Height: 76 ft
Diameter: 6.34 ft

Distillation Section Detail
From the extraction process, a mixture of benzene, toluene, xylenes, sulfolane, and residual heavies are
fed into a wash column to remove sulfolane from the system. The recovered sulfolane can be recycled back into
the extractor process to limit the amount of waste produced in the plant, as well as limit the amount of sulfolane
purchased. After the removal of sulfolane, the remaining stream (benzene, toluene, xylene, and residual
heavies) is fed into an extractive distillation column. N-Formylmorpholine (NFM) is used as a solvent to
separate the non-aromatics from the aromatics (Brondanim, 2015; Ko, 2002). A stripper column is used to
remove any NFM from the benzene, toluene, and xylene stream. For the purpose of this study, it was found that
no heavies were present in the feed stream. Due to this, the extractive distillation column was not considered in
the purification calculations. Finally, the benzene, toluene, and xylene stream is fed into the first distillation
column, DC-002, at 1 bar and 7,330.8 lb/h. The first column splits the feed stream into a top product of benzene
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at 99% purity and a bottom product with a mixture of toluene and xylene. Benzene is now considered a product
and can be sold for the contract price of $3.49 per gallon. The mixture of toluene and xylene is then sent into the
second distillation column, DC-003, at 1.5 bar and 203℃, which produces a top product of toluene at 99%
purity and a bottom product of xylene at 99% purity. Both toluene and xylene are considered products that can
each be sold for $2.80 per gallon. Aspen HYSYS V10 was used to simulate the distillation process. Due to the
high polarity of sulfolane, the UNIQUAC fluid package was used for calculations on the wash column, while
the Peng-Robinson fluid package was used on all remaining columns.
Table 19: Distillation Major Equipment Specifications
Extractive Distillation Column
(DC-001)

Stages: 30
Feed Stream: Stage 17
Tray Type: Sieve
Tray Space: 2 ft
Tray efficiency: 70%
Height: 76 ft
Diameter: 5 ft

Benzene Separation Column
(DC-002)

Stages: 34
Feed Stream: Stage 17
Tray Type: Bubble Cap
Tray Space: 2 ft
Tray efficiency: 70%
Height: 78 ft
Diameter: 11 ft

Toluene and Xylene Separation
Column (DC-003)

Stages: 33
Feed Stream: Stage 27
Tray Type: Bubble Cap
Tray Space: 2 ft
Tray efficiency: 70%
Height: 76 ft
Diameter: 5 ft

Wash Column (SS-004)

Stages: 40
Feed Stream: Stage 34
Tray Type: Packing
Height: 80 ft
Diameter: 5 ft
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